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AN ADVANCED STRA TEGY FOR COMPOSITI ON CONTROL IN BATCH 
DISTILLATION 

Mnssimilinno Barolo nnd Fabrizio Berto 

Istituto di Impianti Chimici, Università di Padova, via Marzo/o, 9 1-35131 Padova PD - ltaly 

email: max@polochi. cheg. unipd. it 

Abstrnct: An advanced stratcgy for the feedback contro! of const..1nt-distilbtc­
composition batch distilbtion is proposed. The contro! law is derived within a 
Nonlinear Intcmal Model Contro( framework. A closed-loop observer is used to 
reconstruct the systems states required for the computation of the contro( action. 
Tue proposed controller is easy to tune, and is shown to outperform a conventional 
PI composition controller significantly. The engineering effort for the dcvelopmcnt 
and implcmcntation of the proposed stratcgy is discussed. 
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I. INTRODUCTION 

TI1e current incrcasing production of small-volumc, 
lùgh-added-value products has callcd allcntion to 
batch production technologies. AILhough batch 
distillation typically consumes more encrgy llmn 
continuous distillation, it providcs more flexibility 
and involvcs less capitai invcstment. Tims, since 
energy costs are not too significant in the separation 
of small-volume, lùgh-added-value products, batch 
distillation is often attractive to obtain this class of 
products. Moreover, it is well known that current 
product market is characterized by a frequently 
changing demand. A batch colunm can 
accommodate this varying demand quite easily, thus 
tailoring products to customers' needs precisely and 
timely. 

Two basic methods of operating a batch colunm are 
usually considercd: constant reflux ratio, and 
constant distillate composition. Optimal-rcflux-ratio 
operation can be viewed as a genernlization of 
constant-reflux-ratio operntion, since it ofien 
involves a piecewise-constant-reflux-rntio policy, 
according to a schedule detennined by maximizing 
off-line the desired profit function. 

Despite the large number of recently published 
works on the modeling, simulation, and optimization 
of batch distillati on (Macclùetto and Mujtaba, 1996), 

relatively few papcrs have addressed the issue of 
feedback contro I of a convcntional (i.e. rectif ying) 
batch colunm. Sorenscn and Skogestad (1994) and 
Sorcnscn et al. ( 1996) considcrcd sevcral strategies 
for thc control of a rcactive batch colunm. Quintero­
Marmol et al. (1991), and Quintero-Marmo! and 
Luybcn (1992), studied tl1e feedback control of a 
constant-reflux-ratio-operated batch column. Bosley 
and Edgar (1993) and Macclùetto et al. (1995) 
addressed tl1c problem of implementing on-line tl1e 
optimal operntional trajectory determined a priori by 
off-line optinùzation of the system performance. 

This paper is concemed witl1 constant-distillate­
composition operation of a batch rectifier. Fincfrock 
et al. (1994) pointed out tliat, since a batch colunm 
is an integrating system, tl1e depletion of light 
components tlU"oughout a run crcates a contro! 

• problem somcwhat like a ramp load when 
composition is bcing controlled. 111us, composition 
contro! is very challenging, even for a binruy 
system, because as the reflux ratio increases, tl1e 
plant gnin decreases. If a PI composition controller 
is employed, tl1e controller gain should be increased 
during the operation in order to maintain contro}, 
and tl1e controller integrai time constant should be 
changed accordingly. TI1e autl1ors suggested using a 
gain-schedulcd PI controller in order to overcome 
t11is difficulty. A time-based g.1in-schedulcd control 



g:wc good rcsuhs, but thc schcduling wns shown 
hcn\'ily dcpcndcnt upon thc composition sctpoinl 
and nlso upon lhc nmount nnd composi1ion of thc 
fccd chargc. So, n gnin schcduling bnscd on nn on­
line analysis or some systcm statcs w:lS proposcd. 
11,e schcduling wns obtnincd by rccon~trncting thc 
plnnt dyn:unics orT-linc by mcnns of lincar modcls. 
11,is approach yieldcd n more flcxiblc conLrollcr, 
which howcver is expcctcd lo work wcll only in thc 
range werc thc lincar models hn\'c bccn fit to the 
actunl pl:mt response. In addition, tJ1e orf-line 
computation of the systcm dynnmic charnctcristics is 
quitc lengthy. 

A strategy bascd on Nonlincar Model Prcdictive 
Conlrol wns recognized to be one of the bcsl 
appronchcs for distillnte composition control (Boslcy 
nnd Edgnr, 1993; Fincfrock et al., 199~). Howevcr, 
since Lhis stratcgy rcquircs to sol\'e on-line an 
optimization problem, it m:ty rcsult comp11tation.1lly 
intensive, cvcn with thc currcnt availability of 
computing facilitics. 

Indccd, rccent progress in nonlinear modcl-bnsed 
contro! techniques (Bcquette, 1991; Hcnson and 
Seborg, 1997) has made thc prnctical applicability of 
nonlincar controllcrs a rcality. Many of thcsc 
tcchniques make use of a nonlinear dyn:tmic process 
model directly in the contro! law dcvclopmcnt ph.1sc 
(which is pcrformcd off-line). Thus, not only is thc 
controller action inhercntly ''aware" of thc proccss 
dyn:unics, but also the contro! law calculation is 
strnightfonvard. Thcsc fc:tturcs are \'CC)' altractivc 
for practical implemcntation. Hcnson and Scborg 
(1997) lista number of simulation and cxpcrimental 
studics on t11c use of such cl:tss of feedback 
controllers. Quite surprisingly, no applic:itions werc 
found in t11e ficld of composition control of batch 
distillation. The purpose of this paper is to providc a 
nonlinear model-based techniquc which can serve as 
a powerful tool to overcomc the inconvenienccs 
related to the use of classical contro! strnlegics for 
the composition contro I of bntch distillation. 

2. THE PROCESS 

1l1e separation of a constant-relati\'e-volatility 
binary mix1ure is considered as a test cnsc. 

Vapor boilup (V). mol/h 100 
Trnv holdup (stendy state) (H;0), mol I 
ReOux dmm hoklup (Ho). mol 20 
Tota! foed cham: (HF), mol 400 
Nominai t't.-c<l composition (:rF) 0.5 
Estimateli foed composition (X,:-) 0.7 
Trny hydrnulic time constant (13). h 0.001 
Numbcr of ideai travs (N) 15 
Relative volatility (cx) 1.8 
Nominai composition setpoint (.t0 .,) 0.95 

Tnble 1. Process aml system characteristics 

111c pr~ss is similar to tJtc onc considcrcd by 
Quintcro-Marmol d nl. ( 1991) Howcv-cr, diITcrcntly 
from th.1t model, thc trny hydrnutics h.1s bccn takcn 
into account via a lincarizcd Francis \\cir fonnula. 
111c proccss and systcm charnctcristics ore 
summ:uizcd in Table 1. In tJ1e following, we will 
rcfer to this model ns to "1hc pl:rnt" or "tJ1c proccss". 

3. CONTROL STRATEGIES 

3.1 Conventional approach 

Thc convcntional strntegy for const:mt-composi1ion 
opcration of batch dislill:ition columns usu.11ly 
compriscs a totnl-rcnux startup ph.1sc, which is 
carricd out unti! thc proccss approachcs stendy state. 
1l1cn, a PI conlrollcr is switched on to drive and 
maintain the distillntc composition to thc dcsircd 
\'alue (by m:mipulnting thc rcnux valve. for 
examplc). Fin.-tlly, the opcrntion is stoppcd whcn the 
rcnux ratio rcachcs a prc-spccificd limiting valuc. 

3.2 Proposed approach 

Thc startup procedure is thc s.1me as thc onc uscd in 
thc com·entional appro:icll For thc dc\'clopmcnt of 
thc proposcd conlrol law, a nonlinenr model of the 
proccss, similar to thc onc illustmtcd in thc prcvious 
Section. is considered. Howevcr, in order to account 
for stnactural proccss/modcl mismatch. thc tray 
hydraulics is neglcctcd hcre. Thus, thc model 
cquations are thc s.1mc considercd by Quintero­
Marmol et al. ( 1991), and thcy will be omittcd here 
for conciscncss. The controller model is obtaincd by 
rccasting the model equ:itions into a state-space 
notntion: 

i =f(x)+g(i)u 

i= h(i) 
(1) 

whcrc x is the state vector, f(x) and g(x) are 
\'cctor ficlds, u = R is thc manipulatcd input (reflux 
raie), /,(x) is a scalar ficld (the controlled output), 
and thc symbol " indicatcs an cstimated property. 
The controllcd vnrinblc is the overhcad composition, 
t11e mcnsurc of which is not usually available on­
line. In fact, composition nnalyzers suffcrs from lùgh 
investmcnt and mnintcnnnce costs; also, they 
provide dclaycd measuremcnts, wlùch are not 
comp:itible with an eITcctive contro!, especially in a 
rclativcly fast process like a batch distillation. 
Therefore, the distillate composition must be 
estimatcd on-line by using availnblc, low-cost, fast 
measurements (such as temperatures, for example). 
\Ve will indicate with i= x0 the estima/ed distillate 
composition. 1l1e estimation algoritlun will be 
discusscd in the next Subsection. 

A strategy bascd on a modified Nonlinear Internal 
Model Contro! (NIMC; Henson and Seborg, 1991) 

• 
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\\ili be developcd in the follo" ing. NlMC belongs to 
thc class of gco111etric controllcrs which lincariz.es 
the system input-output 111:ip exactly. Only tl1e 
funda111cntals of the mcthod will be illustrated herc. 
S0111c conccpts from thc dilTcrcntial gcomctry thcory 
nccd to be rccallcd. 

11,c Lic dcrivalÌ\'C lqÀ(w) or thc s111ooth scalar 
function À(w) with rcspect to thc s111ooth vcctor 
ftcld 11(w) is thc scalar function dclincd ns: 

'ç" ò À(w) 
ll(w) = '--'--q1(w) 

I òx, 
I• 

(2) 

whcre n is thc dimcnsion or the state vcctor w. 
Moreovcr, tl1c symbol L~À indicatcs thc k-time 
rcpcatcd itcration of LqÀ, that is L!À = Lq(L!-'À), 
with L~ì.. = ì... Similarly, LPll/ì.. is thc Lic 
derivative or À(x) made first in the dircction of 
q(x). and thcn in thc direction or thc s111ooth vector 
ftcld p(x). The relative order r or a proccss model 
Jike ( l) is delined as the lcast intcger for which 
lgl/h(i) ~O. Thus, the relative ordcr or a proccss 
model is the numbcr of timcs thai thc output 01ust be 
diffcrentiatcd with rcspcct to ti111c in ordcr to rccover 
the input u explicitly. Roughly speaking, it is a 
mcasurc or "how dircctly" thc input affects thc 
controlled output. 

Following thc abovc notation, thc NIMC control law 
is thc following (Hcnson nnd Seborg, 1991): 

r+I 

cx.,e- :z=cx.kl}-'h(x) 

u = --""'""'""='-' ----
Lgl'j1h(x) 

(3) 

with cx.,., = l. The error e providcs thc feedback 
signal from thc plani, and it is dclincd as 
e= z sp - (z - i). where the sumx sp rcfers to tl1e 
setpoint valuc. The coefficicnts cx.; are tl1c controllcr 
design parnmeters. Note that no integrai action is 
provided explicitly by this contro! lmv. The NlMC 
teclmique e111ploys tlie process model as an open­
loop obscrvcr, for which observabilily is not 
requircd. It can be proven (Hcnson and Scborg, 
·1991) thai for open-loop slable, perfectly modcled 
processes thai operate about a slable cquilibrium 
point with u(t) = 110 , the model state converges 
asymptotically to thc plani state. 

Howevcr, a batch column does noi operate about an 
equilibrium point. Morcover, the conlrol objective is 
to keep the overhead composition x0 dose to the 
setpoint, and tlùs is achieved by continuously 
varying tl1e manipulated input. Also, a measure of 
x0 is not available. Rathcr, the distillate 
composition is estimated by an obscrver. In this 
work wc employ a closed-loop observer wlùch uscs 
some temperature measuremenls from tl1e plant in 
order to improve the estimate of the plant state 
vector. TI1erefore, we assume thai the controlled 
output is the estima/ed distillate composition 
(i= x0 ). The NlMC contro! law will be modified 

nccordingly. l11 pnrticular, it will be nssumed tk1t tl1c 
model is pcrfcct ( z = i ; e = z ,, ). Note thai tl1is 
nssump1io11 is relinblc only if thc obscrvcr 
cstimnlions nre good. Under this assumption, Lhc 
NIMC stnic111rc closcly rescmblcs the GLC 
nppronch of Krnvnris :rnd Chung ( 1987). 

It cnn be shown that thc relative ordcr of model (I) 
is r = 2. l11 practice, this is bccause 101al 
co11dc11sn1io11 of thc overhc.1d vapor is assumcd 
( g O (:<)= O), so tl1at the rcnux can aff cct tJ1e 
distillale composi1ion only through n ch;rnge in tJ1e 
ovcrhcad vnpor composition. lf tJ,e conrrollcr tuning 
paramcrers are chosen such tJ,at a 1 = r. •2 and 
cx.2 = 2&-1 (whcre r. is tlie closcd-loop time 
constant), tJ1c rcsulling conlrol law becomes the 
following: 

R =[V(xo -Xt,1) òyN ]-'{xO,sp -xo 2V(j,N -io) 
H 0 11; òxN c2 r.H 0 

V [ V • • ò YN V • • ]} -- -(YN-1 -yt,1)-.---(yN -xo) 
ff0 !11 òxN H0 

(4) 
With a perfcct process model, and a systcm thai is 
inirially at resi and with z(O) = z,p (O), tJ1e systcm 
closed loop transrer function for sclpoint changcs is: 

Z(s) 
--=--- (5) 

Equation (5) provides a way to lune thc controllcr. 
Following thc classica! startup procedure, the 
column can be operated at tota! renux until stcady 
state is approachcd. Then, thc NlMC controller is 
switchcd on, and tl1c tuning parnmcter r. is adjusted 
until the desircd plant spccd of rcsponse is achicvcd. 
By proceeding in this way, under tlie limiting 
hypothesis that the process state was pcrrcctly 
known at any time, thc closcd-loop time constant 
was set to r. = 0.1 h. TI1is value was rctained in all 
the simulations prcsented in this work. In order to 
avoid exccssive spikes on tlie rcnux rate (which are 
not advisablc in an actual plani), the reflux profile 
was passed through a rate-of-change filter (Seborg et 
al., 1989). Allcmativcly, one could considcr filtering 
the sctpoint, as indicatcd by Henson and Seborg 
( 1991). 

3.3 Sta/e estima/ion 

In order to apply the contro! law (4) successfully, 
some of the column states musi be estimatcd. For a 
binary systcm, the tray compositions could be 
estimated directly by static temperature 
measurements; however, this is not possible for tJ1e 
distillate composition. In this work, we take a more 
generai approach, which can be used also for 
multicomponent mixtures and with a limited number 
of avaitable temperature measurements. If the 
system is observable, a closed-loop observer can be 
implemcnted in order to reconstruct the systcm 



stntcs. By npplying n dcgrcc-of-frccdom nnnlysis, 
Yu and Luyben ( 1987) showcd that n Nc-componc11t 
continuous distillntion column is obscrvnblc nbout 
thc opcrnti11g point ns long ns nt lcnst Ne - I 
temperature mcnsurcmcnts nrc nvnilablc. Thc tnsk of 
proving the obscrvnbllity of n batch column 1s not 
triviai, sincc the column docs noi operate nbo,~t n 
stendy state. Linc:uiz.1tion nbout thc column 11ommnl 
trajectory givcs rise ton timc-vnrying systcm, whosc 
observnbility c:rnnot be provcn unlcss the 
obscrvability Gmmi:rn mntrix is cnlculntcd (Rny, 
1981 ). For thc systcm considcrcd, this is impossiblc 
to do an:tlyticnlly. 

Howevcr, dilTcrcntinl gcomctry providcs a powcrful 
tool for a rigorous evnluation of locai observnbility 
of nonlincar systems. Thc model considcrcd in the 
previous Subscction is now rccnst into: 

i(t) = r(i, v,t) 

T(t) = g(i,t) 
(6) 

whcre ,. is now thc vcctor of thc systcm input (R) 
nnd mcasurable disturbancc (V). nnd T is thc vcctor 
of plani mcasurcmcnts (tcmpcraturcs). In ordcr lo 
asscss thc systcm obscrvability, wc will assume thai 
a single temperature mcnsurcmcnt is availnble from 
the plani (thus, T is a scnlar, which dcpcnds on _a 
single siate). Following Muske nnd Edgar (1997), tf 
thc obscrvability matrix -- mndc up of thc row 
vcctors of {Li-I (dg), j = 1,2, ... ,N + 3} -- has full r . 
rnnk along thc nominnl trajcctory, thcn thc systcm 1s 
locally weakly obscrvable. Aflcr some cumbcrsome 
computntions, it can be shown thnl thc clcmcnts of 
thc observability mntrix cnn be computcd 
anal)1ically. Thc observability mntrix rcsults in _a 
very complcx function of alt stntcs .. ~ts stmcturc 1s 
compatible with the full-rnnk co11d1t1011, rcgardlcss 
of the locntion of the temperature mcasurcmcnt. 
Thus, the systcm mny wcll be locnlly wcnkly 
observablc. 

The obscrvcr uscd in 1his papcr is the extended 
Lucnberger obscrver proposed by Quintcro-Mannol 
et al. (1991). For the snke of concisencss, the 
observer design procedure will not be recalled hcre. 
Note thnt in ali thc simulations wc have actually 
uscd two temperature measurcments (namcly To 
and T10 ) as feedback signnls from the plnnt. 

It should be remembcred thnt batch columns are 
ofien operated through chnins of opcrntions, which 
may involve the mixing of frcsh feed with recycled 
cuts. Tims, a major source of process/model 
mismatch is the lnck of precise knowledge of the 
feed composition. 11ms, if the observer dynamics is 
not designed so fast for the observer as to 
reconstmct the system stntes quickly and preciscly, 
the model-bnsed controller performance mny be 
severely dcgrnded, since no explicit integrai action is 
provided by the NIMC contro! law previously 
derived. 

4. RESUL TS ANO DISCUSSION 

The sn111pli11g/co111rol l111crvnl wns set to M = O.O 1 h 
in nll the rnns prcsentcd in thls work. 111e 
pcrfor111:rnce of thc contro! lnw (.i), whcn the error in 
the fccd composition cstimntion is quite large 
( x,.. = 0.7 ), is shown In Fig. la. Although ~1c 
estimntion of x0 is not good nt thc vcry bcglnrung 
of thc opcration (see dctail in Fig. In), it improves 
vcry rnpidly, in such a way that the model-based 
controllcr nction is very effcctive. 
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Fig. I. Plant r~ponsc lo the (a) NIMC nnd (b) PI 
controllcrs undcr nominnl operalion. A detnil of the 
obscrvcr pcrfonnance al thc ~gimùng of the operation 
is mngnilied in (a) 

As for the PI controllcr, some time was necdcd to 
gct a sntisfnctory h11ùng. Finally, the controller 
perform:rnce was acceptable (Fig. lb ), although it 
should be noted thai during U1e transition from the 
startup to U1e production phases U1e distillate 
composition undershoots the setpoint signilicanlly, 
and some oscillntions in the mnnipulatcd variable are 
noticed. 

By retai,ùng U1e controller settings used in Fig. 1, 
the controller performnnces were evaluated at 
opcrating conditions othcr than the nominai ones. 
For example, a feed richcr in the heavy component 
was charged to the plant ( xF = 0.3 ), and U,e 
distillate composilion setpoint was increased 
( xo.sp = 0.985 ). The NIMC controller perfonnance 
(Fig. 2a) remained very good. As expectcd, the plnnt 
rcsponse to the PI controller was instead severely 
degraded (Fig. 2b ). In fact, due to U1e presence of tlte 
model tcrms in the control law (4), the nonlinear 
controllcr continuously updates tl1e control aclion 



strcngth according to the var)ing systcm dynamics. 
Convcrsely, the aggressivcness of the PI conlrollcr 
action cannot be modificd in thc foce of thc ncw 
dyn:unic bchavior of the systcm. 
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Fig. 2. Plnnt rcsponse to the (a) NIMC nnd (b) PI 
controllcrs under operating conditions ditforcnt from 
U1e nominai oncs ( x F= 0.3, xo,sp = 0.985) 

It is intcrcsting to point out that, comparcd to 
opcration at constant rcOux ratio, largcr crrors in the 
estimated fccd composition can be accommodatcd 
by the obscrvcr. This is due to the fact that, while 
approaching thc steady stntc, thc dynamics of thc 
column is somcwhat "frcczcd", in such a wny that 
the observer has cnough time to accurately 
reconstrnct the system state vcctor. Thus, regardless 
of the controller used, the convcntional startup 
strntegy results advantagcous from the point of view 
of the state estimntion. 
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Fig. 3. Pcrfonnance of U1e NIMC controller in the case of 
a modified slartup policy 

Howcvcr, approaching the stcady state may be time 
consuming. For this rc.ison, tJ1e possibility of 
switching on tJ,e NIMC controllcr as soon as tJ1e 
cstimatcd distillate composition rcaches tJ,e setpoint 
was investigntcd. It can be sccn fron1 Fig. 3 tJ,at tJ,e 
nonlinCclf controllcr pcrformcd vcry well. AltJ1ough 
the stntc cstimntion may not be vcry good at tJ1c 
bcginning of the opcrnlion, the contro! law cnptures 
tJ1e main dynmnic fcaturcs or the proccss with good 
nccurncy, nnd tJ,c distillate composition is driven to 
the setpoint quickly. 

Il is wcll known thai tJ1c Lucnbcrgcr obscrvcr is a 
detcrministic cstimator. Although tJ1e problcm in 
chcmical proccssing is more oncn tJ,e lack of 
mcasurcments than the low quality of mcasurcmenls 
(Wallman, 1979), one should be aware tJ1at tJ1e 
observer may noi work propcrly when tl1e available 
mcasuremenls nre com1p1cd by noisc. Usually, 
temperature mensurements nrc noi affccled by noise 
very heavily. Noise spikes can be easily filtered out, 
bui a background noisc may wcll be present. T11e 
presence of this kind of noise was simula1ed by 
adding zero-mean random numbers with a standard 
deviation of a = 0.1 °C to thc temperature 
"mcnsuremcnts" . 
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Fig. 4. Plnnt rcsponse lo the (a) NIMC nnd (b) PI 
controllers undcr nominai opcration nnd noise on the 
temperature mcnsuremcnts 

The nonlinear controller performance is stili 
satisfactory (Fig. 4a). This is due to tJ1e inhercnt 
robustness of the Luenberger observer. However, if 
a large degrce of noise is expectcd, the use of a 
probabilistic estimator (like a Kaiman filter) would 
be advisable. The PI controller witJ\ the previously 



detennined tuning pushcd the proccss towards 
instability. 1l1ough the controller wns dctuncd, its 
performance stili appearcd to be somewhnt 
compromiscd (Fig. 4b). 

5. CONCLUSIONS 

An advanced strategy for co111position control in 
bntch distillation operations has bcen proposcd. 1l1e 
control law has bccn dcrivcd within a NIMC 
framcwork. State estimation, which is nccessary for 
thc prac1ical implcmentation of the proposed control 
lnw, has bccn pro\'ided by an extended Luenberger 
obscrvcr. The proposcd approach has becn shown to 
outpcrform a convcntional PI strategy by a great 
deal. The controllcr pcrfor111ance is not afTectcd by 
changcs in the feed composition or in the 
composition spccification. Thc engineering cffort far 
the dcvclopment and i111plc111e11tation of the 
proposed approach can be sununarized as follows. i). 
TI1e contro! law development is not triviai, but it can 
be carried out off-line in a very generai way (i.e. it 
docs not depend cither 011 the system or on the 
specification). ii). The control law tuning is vcry 
casy, since a single tuning para111ctcr nccds to be 
adjustcd far satisfactory pcrfor111ancc. In addition, 
the tuning appe:1rs 10 be indcpendcnt of the 
opcrating conditions. iii). By following thc 
guidclincs providcd by Quintero-Marmo! et al. 
(1991), the extended Luenbergcr obscrvcr design 
can be carricd out quite casily. iv). The co111putation 
of the control law is straightforward, which is an 
important fcature for on-linc applicntion. The 111ajor 
co111putntional burdcn is related to the state 
estimation, that is to plani si111ulation through a 
model nmning in parnllcl to the plnnt. However, 
since no optimizations are required on-line, the 
required computation time is significmllly limited. 
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